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Abstract

This paper reports on an experimental study of the influence of operating pressure, in the range 150-1100 kPa, on
wall-to-bed heat transfer coefficient in a bubbling fluidized bed. Both Geldart Group A and B solids were studied and
the fluidizing gases were air and superheated steam. Fluidizing velocities were in the range 1-33 Uy,s and wall tem-
peratures in the range 125-275°C. Wall-to-bed heat transfer coefficients were found to increase steadily with increasing
fluidizing gas velocity and not to pass through a maximum. Increase in operating pressure was found generally to result
in an increase in wall-to-bed heat transfer coefficient, although the effect is probably non-linear. In the bubbling regime,
the wall-to-bed heat transfer coefficient was found to change with vertical position in the bed. Wall-to-bed heat transfer
coefficients decreased when the bed entered the slugging regime. © 2001 Elsevier Science Ltd. All rights reserved.
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1. Introduction

For want of fundamental understanding of the
mechanisms involved, fluidized bed design procedures
make frequent use of empirical correlations to relate
easily the measurable input parameters to require output
variables. With this approach, the intermediate levels
between the input parameters and the output are es-
sentially regarded as a black box and the reliability of
these correlations depend on the degree of knowledge of
this black box. Consequently, as pointed out by Botterill
et al. [9], most of the heat transfer correlations available
show consistent trends but they rarely agree with good
accuracy.

The heat transfer coefficient between a submerged
surface and the bed is usually taken to be the summation
of radiative, particle convective and gas convective
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components. The radiative component is usually ne-
glected in a low temperature (below 500°C) system.

Gas convective heat transfer becomes significant
when the superficial gas velocity is high or the particle
size is large. At present, the most widely used gas con-
vective heat transfer model is the one suggested by
Baskakov et al. [2] and later corrected by Baskakov and
Filipovsky [3].

Mickley and Fairbanks [18] proposed a particle
convective heat transfer model in which heat is trans-
ferred from a hot surface to packets of solids which
come in contact with the surface. These heated solids
then migrate into the bulk of the fluidized bed. On the
other hand, Botterill and Williams [11] considered the
particles in a fluidized bed as discrete entities. The model
presented by Botterill and Williams [11] describes heat
being transferred to the particles in direct contact with
the heat transfer surface and the energy is then trans-
ferred to the subsequent layers of particles.

Most of the fluidized bed heat transfer experimental
data available are obtained at atmospheric pressure. It is
common that these data are used to predict the heat
transfer behaviour at elevated pressure, based on the
mechanistic assumptions described above.
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Nomenclature

A heat transfer area (m?)
d, particle size (m)
h

wall-to-bed heat transfer coefficient
(W/m’? K)

hmax  maximum wall-to-bed heat transfer coefficient
(W/m’* K)

O wall-to-bed heat input rate (W)

Oiss  heat loss through insulation (W)

(05 heat output rate from band-heater (W)

At data logging time interval (s)

Twar  wall temperature (°C)

Toea  fluidized bed temperature (°C)

Tiower lower section fluidized bed temperature (°C)
Tupper  upper section fluidized bed temperature (°C)
Unsr  minimum fluidization velocity (m/s)

U, superficial gas velocity (m/s)

According to Xavier et al. [22], the change in pressure
predominantly affects the gas convective component. It
was further suggested that this effect is due to the vari-
ation of density of the interstitial gas in the dense phase.
This argument is consistent with the experimental work
reported by Botterill et al. [10], which shows that the
heat transfer coefficient is greater when the fluidized bed
pressure is higher. These authors also found that the
influence of pressure on heat transfer coefficient dimin-
ishes with the reduction of particle size.

Most of the existing heat transfer models have a
common parameter /.. Despite its importance, the
numerical prediction of 4, remains rather unsuccess-
ful. Historically, the Ay.x phenomenon was first men-
tioned in the studies of tube-to-bed heat transfer. This
was then extended to other fluidized bed heat transfer
analyses regardless of the geometry of the heat transfer
surface.

The transport phenomena on a vertical surface in a
fluidized bed are very unlikely to be the same as those on
a horizontal submerged surface. It is easy to perceive
how the increasing bubble activity around a tube varies
the overall heat transfer coefficient. However, there is
very little evidence to relate the gas velocity or the
bubble characteristics to the heat transfer resistance on a
vertical surface. The increase in heat transfer coefficient
on the fluidized bed wall as the gas velocity is raised
from the point of incipient fluidization is not disputed,
and in fact supported by experimental data provided by
Bock, Borodulya et al., Botterill and Denloye, Grewal
and Gupta and Molerus and Mattmann [5-7,14,19].
However, what is not obvious is the occurrence of a
characteristic /. Furthermore, the experimental re-
sults reported by Gunn and Hilal [15] demonstrate a
lack of certainty in Ay, and this raises doubt on the
reliability or usefulness of correlations predicting /i,
for wall-to-bed heat transfer.

In this paper, we report on a study of the influence of
pressure on wall-to-bed heat transfer in a bubbling flu-
idized bed. The study arises from a larger project look-
ing at pressurized steam-fluidized bed drying of lignite
the fuel used in power generation in the Australian state
of Victoria.

2. Experiments

A pilot scale pressurized steam-fluidized bed dryer
was designed and constructed for the purpose of this
work. The process scheme was designed such that either
pressurized superheated steam or air can be used as
fluidizing medium.

A schematic diagram of the fluidized bed vessel is
presented as Fig. 1. The vessel was made of carbon steel
ASTM A106 Grade B. The straight cylindrical section,
where the fluidized solids were contained, was assembled
with two Schedule 80 pipes of 150 mm nominal bore,
with a total length of approximately 1600 mm. The
freeboard zone had an expanded head configuration
with an expanded diameter of 400 mm nominal bore.
The distributor was of a pseudo-bubble caps type. The
distributor plate was conically inclined at approximately
5° from the horizontal reference. The purpose of this
configuration was to ease the flow of solids towards the
solid discharge nozzle. 26 bubble caps with threaded
stem were locked onto the plate in a triangular ar-
rangement with 25 mm equal pitch. The dimensions of
the bubble caps are shown in Fig. 2.

For a simpler geometrical analysis, the fluidized bed
wall was designated to be the heat transfer surface.
There were two similar heating sections, as shown in
Fig. 1. Each section consisted of three electrical band-
heaters; the flanking band-heaters functioned as guard
heaters for the middle one, where the heat transfer data
were obtained. The guard heaters maintained zero
temperature gradient on the vessel wall along the axial
direction.

The fluidized bed temperature was measured at two
separate positions. Each of these measuring points was
located on the same horizontal level as the mid-point of
the middle band-heater of each wall heating section. In
order to determine the radial heat loss through the in-
sulation, a thermocouple was placed on the outer surface
of each middle band-heater and another thermocouple
positioned on the outer cladding of the insulation on
each corresponding horizontal level. All the process pa-
rameters were continuously recorded and the data ac-
quisition rate was set at two cycles per minute.
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Fig. 1. Fluidized bed vessel.

2.1. Experimental procedure

Each of the experiments was carried out continuously
for an extended period, during which a series of data was
obtained at the pre-determined operating pressure, gas
feed temperature and wall temperature, with the varia-
tion of the superficial fluidizing velocity. Each time the
fluidizing velocity was changed, only the steady state
data were considered for analyses. The steady-state
conditions were maintained to facilitate the recording of
at least 15 min of steady-data as the first set of results.

Some of the experiments were carried out with both
heating sections being submerged by the fluidized bed
while others were performed with just one active heating

———>{0D 10mm <——

7\ 4 off orifices

ID Imm
18mm
35°
12mm Distributor
J/ plate level

_— ID 2mm
Threaded stem %( ’é—

Fig. 2. Bubble-cap used as gas distributor.

sections covered by the fluidized solids. The operating
conditions for all the experiments with both wall heating
sections active are summarized and tabulated in Table 1
while those with single-section wall heating are pre-
sented in Table 2. Two types of solid particles, sand and
porous alumina, were used. The surface-volume means
particle sizes for sand and porous alumina are 201 and
105 pm, respectively. The particle densities for sand and
alumina were 2660 and 1380 kg/mS, respectively. Under
ambient conditions in air, the sand would be classified as
Geldart Group B whilst the alumina would be Group A.

2.2. Data analysis

The radial rate of heat transfer into the fluidized bed
is calculated from Eq. (1).
Q' — E(QOAI) - Z(QlossAt) (1)

m Z(At) 7

where Qj, is the net radial rate of heat transfer into the
bed while Q, is the instantaneous rate of heat output
from the middle band-heater of each wall heating sec-
tion at the end of each corresponding data logging time
interval, Az. Qo5 1S the calculated heat loss based on the
instantaneous temperature gradient in the insulation.
The logging time interval was set at 30 s.

The wall-to-bed heat transfer coefficient is calculated
based on the generalized convective heat transfer re-
lationship as described by Eq. (2)

Qin = hA(Twall - Tbed)~ (2)

The heat transfer area is the area on the inside wall of
the section covered by each middle band-heater. T;,.q and
Tyan are the time-averaged values over the steady-state
period. The heat transfer coefficients determined at the
upper and lower bed heating sections are denoted as
Nupper and Aioyer, rEspectively.
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Table 1

Operating conditions for heat transfer experiments with both wall heating sections covered by the fluidized bed
Series Solids Gas Tteea (°C) P (kPa) Twan (°C)
FAA1 Alumina Air 125 150 210
FAA2 Alumina Air 125 300 210
FASI1 Sand Air 126 150 210
FAS2 Sand Air 121 300 210.0
FAS3 Sand Air 65 300 210
FAS4 Sand Air 65 300 100
FSS1 Sand Steam 121 150 155
FSS2 Sand Steam 143 300 155
FSS3 Sand Steam 125 150 210
FSS4 Sand Steam 167 600 210
FSS5 Sand Steam 193 1100 210

Table 2

Operating conditions for heat transfer experiments with only one wall heating section covered by the fluidized bed
Series Solids Gas Treea (°C) P (kPa g) Twan (°C)
HAAI1 Alumina Air 100 150 210
HAA2 Alumina Air 125 150 210
HAA3 Alumina Air 87 300 210
HAA4 Alumina Air 125 300 210
HAAS Alumina Air 180 300 210
HAA6 Alumina Air 200 300 210
HAA7 Alumina Air 65 300 100
HSA1 Alumina Steam 180 150 210
HSA2 Alumina Steam 177 600 210
HSA3 Alumina Steam 178 600 275
HSA4 Alumina Steam 188 1100 210
HSAS Alumina Steam 188 1100 275

2.3. Results 600-1100 kPa and with different combinations of solids

The experimental results show that the heat transfer
behaviour is not entirely homogeneous throughout the
fluidized bed. Figs. 3-5 illustrate the difference between
hupper and hioyer during each experiment. It is noted that
hupper 1s consistently higher than /... when porous
alumina was used as the fluidized bed material, as shown
in Fig. 3. This phenomenon appears in the fluidization
of sand (Figs. 4 and 5) only at the lower superficial gas
velocity range. There is a general trend that
(hupper — Mower) diminishes as U, is increased. In order to
determine whether this variation of heat transfer be-
haviour is an effect of the distance from the distributor
or that from the surface of the fluidized bed, the
experimental results of FAAl and HAA2 were com-
pared. The experiments of FAA1 and HAA2 were car-
ried out with both wall heating sections being active
while those of HAA2 only had the lower wall heating
section submerged by the fluidized bed. The comparison
shown in Fig. 6 indicates that the heat transfer beha-
viour is changing with distance from the distributor.

Figs. 7-9 show the effect of operating pressure on
wall-to-bed heat transfer coefficient over the range

and gas.

Fig. 10 shows the influence of the wall temperature
Twan on wall-to-bed heat transfer coefficient in the air—
alumina and air-sand systems. The results indicate that
there is effectively no difference in the heat transfer co-
efficient when the air-fluidized bed wall temperature is
raised from 100°C to 210°C. However, there appears to
be a more significant effect of T, on the 2 when steam
acts as the fluidizing medium as indicated in Fig. 11. It is
also noted in Fig. 11 that the increase in the wall-to-bed
heat transfer coefficient due to a higher wall temperature
is more obvious when the bed is fluidized at a higher gas
velocity.

3. Discussion

All the experimental results presented show that
there is no characteristic Ay, in the wall-to-bed heat
transfer. The existence of Ay, in horizontal tube-to-bed
heat transfer is attributed to the bubble shrouding on
the horizontal heat transfer surface. This is unlikely to
occur on a vertical wall since the bubble patterns tend
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to drive the bubbles towards the centre of the fluidized
bed.

Figs. 3-5 indicate that the wall-to-bed heat transfer
coefficient in the gas-fluidized bed varies with axial po-
sition. Fig. 6 confirmed that the characteristic distance is
that between the point of heat transfer measurement and
the distributor. In Fig. 3, which shows the results of the
air-alumina experiments, the heat transfer coefficient for
the upper bed section Aypper is always greater than the
heat transfer coefficient for the lower bed section, Zgye;-
In Figs. 4 and 5, which show the results of the air-sand
and steam—sand experiments, Aypper 1S greater than Aigyer
at low velocities. However, the difference between Aypper
and hjowe; decreases as gas velocity is increased and in
general Zyppe 1S less than Aeyer at high gas velocities. We
will first examine the variation of heat transfer coef-
ficient with vertical position in the bed and then look at
why Jliypper becomes smaller than Ay at high gas
velocities. Variation of wall-to-bed heat transfer coeffi-
cient with vertical position was also reported by Gunn
and Hilal [15]; however, no explanation was offered by
these authors. We suggest that this variation of heat
transfer coefficient with vertical position in the bed may
be due to improvement in solids circulation towards the
upper section of the bed. In the case of sand fluidized by
air for example, bubble size at a superficial gas velocity of
0.15 m/s (predicted by the correlation of Darton et al.
[13]) increases from 5 cm in the lower bed section to 12 cm

in the upper section. The increase in bubble size is likely
to result in increased solids circulation and increased
rate of replacement of solids at the wall; this in turn may
be the cause of the increased heat transfer coefficient
with vertical position in the bed. Why then does /pper
become less than Ay, at high gas velocities? The pos-
sibility that this was caused by bed slugging was exam-
ined. The minimum slugging velocity Uy, for each set of
conditions was estimated using the correlation of Stew-
art and Davidson [21]. Uy,s was found to be of the order
of 95 mm/s for experiments involving alumina and
around 110 mm/s for the sand experiments. Only minor
variations around these values result from changes in
fluid properties. The critical bed depth, beyond which
slugging would occur at superficial velocities greater
than Uy, was estimated using the correlation of Baeyens
and Geldart [1] to be 0.43 m in all experiments. This
suggests that slugging would occur only in the upper
section, provided the velocity is high enough. Examining
Figs. 3-5 again in this light we see that at gas velocities
less than Upy, Aypper 1 always greater than Aigyer, as the
gas velocity is increased the difference between Aypper and
hower diminishes and at gas velocities greater than Uy,
Miower 18 greater than .. We suggest that the reason
for this is the decrease in the heat transfer coefficient in
the upper section as the bed approaches and enters the
slugging regime. This suggestion is supported by the
results of Gunn and Hilal [15], who reported a rapid
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drop in the heat transfer coefficient, with increasing gas
velocity, due to the onset of slugging.

Although there is considerable scatter, the results
shown in Figs. 7-9 confirm the observations of Botterill
and Desai, Botterill et al. and Xavier et al. [8,10,22] that
the heat transfer coefficient in the bubbling regime in-
creases with increasing operating pressure. However,
these results also suggest that as the bed moves into the
slugging regime, the heat transfer coefficient is less ef-
fected by operating pressure. Also, the experimental
results presented in Fig. 8 also show that the pressure
effect on the heat transfer coefficient may not be linear.
Several groups of researchers, such as Carsky et al.,
Hoffmann and Yates, and Rowe et al. [12,16,20] have
reported that the response of the fluidized bed behaviour
to the variation of operating pressure is dependent on
the pressure range. The change in operating pressure
results in a change in the thermodynamic properties of
the fluidizing gas. The variation of pressure also alters
the transport properties of the gas. The most immediate
outcome is the change in the bubble characteristics in
the fluidized bed. This in turn influences the gas—solid
interaction and the effectiveness of the wall-to-bed heat
transfer. It is generally believed that increasing operating
pressure reduces bubble size and gives rise to ‘smoother’
fluidization. However, quantitative information is hard
to come by and just how a reduction in bubble size can
give rise to an increase in heat transfer coefficient is
unclear. These issues are the subject of a current inves-
tigation by the corresponding author.

Beeby and Potter [4] and Jensen [17], among others,
have suggested that the enhancement of heat transfer
between fluidized bed and a submerged surface when the
operating pressure is raised is caused by the increase in
the thermal conductivity of the fluidizing gas. In order to
verify this assumption, experiments were conducted with
Twan being varied, which would directly alter the fluid
properties on the heat transfer surface, while maintain-
ing the other operating parameters constant.

The thermal conductivity of 300 kPa air at 100°C and
210°C is 0.032 and 0.039 W/m K, respectively. If the
assumption that enhancement of heat transfer at higher
pressure is due to the improved gas thermal conductivity
is true, the measured heat transfer coefficient in HAA3
would have been greater than that in HAA7. Similarly,
the measured heat transfer coefficient in FAS3 would
have been greater than that in FAS4. However, Fig. 10
shows that there is effectively no difference in the wall-
to-bed heat transfer coefficient between HAA3 and
HAAT7 or FAS3 and FAS4.

Fig. 11 illustrates that the variation of Ty, has a
more significant effect on /4 in a steam-fluidized bed. The
thermal conductivity of steam on the wall in FSS1 and
FSS3 is 0.029 and 0.034 W/m K, respectively, while the
thermal conductivity of steam on the wall in HSA2 and
HSA3 is 0.036 and 0.042 W/m K, respectively. The ex-

perimental results show that at sufficiently high U, the
wall-to-bed heat transfer coefficient increases in the same
proportion as the increase in the thermal conductivity of
steam on the wall. This finding lends some support to
the assumption that the enhancement of heat transfer
coefficient when pressure is elevated is attributed to the
improved gas thermal conductivity on the heat transfer
surface. However, the results presented in Fig. 10
suggest that this may not be the controlling factor for all
fluidizing media and that the broader issue of solids
motion against the heat transfer surface must be taken
into account.

4. Conclusion

Based on the results of this experimental study of the
influence of operating pressure on the wall-to-bed heat
transfer coefficient in a gas-fluidized bed, we conclude
that:

(1) This heat transfer coefficient generally increases
with increasing pressure, although the relationship
may not be linear.

(i1) The conductivity of the gas adjacent to the heat
transfer surface may have a controlling role under
some conditions but not under others.

(iii) The influence of bed dynamics on wall-to-bed
heat transfer is important and may dominate in
some circumstances.

(iv) The wall-to-bed heat transfer coefficient in-
creases steadily with fluidizing gas velocity and
does not pass through a maximum.

(v) In the bubbling bed the wall-to-bed heat trans-
fer coefficient increases with increasing distance
from the distributor.

(vi) The wall-to-bed heat transfer coefficient de-
creases as the bed moves into the slugging regime
as gas velocity is increased.

Further studies are required to evaluate the influence
of operating pressure on bubble and solids motion in the
bubbling bed with a view to understanding the mech-
anisms by which pressure influences wall-to-bed heat
transfer coefficient.
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